Abstract: This paper discusses the techno-economic assessment of hydrogen production from biogas with conventional systems. The work is part of the European project BIONICO, whose purpose is to develop and test a membrane reactor (MR) for hydrogen production from biogas. Within the BIONICO project, steam reforming (SR) and autothermal reforming (ATR), have been identified as well-known technologies for hydrogen production from biogas. Two biogases were examined: one produced by landfill and the other one by anaerobic digester. The purification unit required in the conventional plants has been studied and modeled in detail, using Aspen Adsorption. A pressure swing adsorption system (PSA) with two and four beds and a vacuum PSA (VPSA) made of four beds are compared. VPSA operates at sub-atmospheric pressure, thus increasing the recovery: results of the simulations show that the performances strongly depend on the design choices and on the gas feeding the purification unit. The best purity and recovery values were obtained with the VPSA system, which achieves a recovery between 50% and 60% at a vacuum pressure of 0.1 bar and a hydrogen purity of 99.999%. The SR and ATR plants were designed in Aspen Plus, integrating the studied VPSA model, and analyzing the behavior of the systems at the variation of the pressure and the type of input biogas. The SR system achieves a maximum efficiency, calculated on the LHV, of 52% at 12 bar, while the ATR of 28% at 18 bar. The economic analysis determined a hydrogen production cost of around 5 €/kg of hydrogen for the SR case.
Introduction
The current challenges of energy saving and reduction of CO 2 emissions must deal with the significant growth of energy demand. Hydrogen is a promising energy carrier that can replace fossil fuels in power generation and transportation, drastically reducing local pollution and CO 2 emission when produced by renewable sources. The global hydrogen production is nowadays within the range of 600-720 billion Nm 3 /year, 80 billion of which is produced in the European Union [1] , and it is continuously increasing at a rate of 5-6% per year. Almost 50% of the global hydrogen production is currently generated via steam methane reforming (SR), therefore, using natural gas (NG) as feedstock, while less than 3-4% is produced without using fossil fuels [2] . Hydrogen production is therefore still bounded to non-renewable sources. Moreover, conventional plants lead to large CO 2 emissions to the atmosphere (about 380-420 kg CO2 /Nm 3 H2 ), associated with the combustion of off-gas and of the additional fuel required to provide heat for the endothermic reforming reactions. from the one coming from biogas: the presence of large amounts of impurities in the feed, such as carbon dioxide and nitrogen, requires a specific design of this component, different from the natural gas steam reforming case.
This work performs a techno-economic assessment of two conventional technologies for raw biogas processing in the context of hydrogen production: steam reforming or autothermal reforming. In both cases, the reforming reactor is followed by two temperature-staged water gas shift reactors, and a PSA for hydrogen separation. The system modeling is performed in Aspen Plus and Aspen Plus Adsorption for the PSA unit. The two systems analyzed are PSA and VPSA, which differ only by the pressure at which the desorption of the impurities is performed, with particular focus on a novel VPSA system entirely designed for this specific case. This is one of the first studies on hydrogen produced from raw biogas without an upstream upgrading system, so it required a complete design of the PSA and VPSA systems on Aspen Adsorption according to different gas compositions.
Methodology

General Assumptions and Definitions
The considered conventional hydrogen production plants are designed for 100 kg/day of hydrogen with a purity of at least 4.0, that is the target of BIONICO project. Final product is delivered at the same pressure (20 bar) for all cases (an additional hydrogen compressor will be considered if the reactor operating pressure is lower). The impact of a higher final hydrogen delivery pressure for refueling stations (350 bar, 700 bar) on the system efficiency has also been analyzed. As discussed above, BG composition can vary significantly, and depends on the biomass raw material. To assess the impact of BG type on system design and performance, two different compositions are considered: the first BG is produced from landfill, has a lower CH 4 content and higher inert content, and the second, from anaerobic digester, has a higher CH 4 content, resulting in the highest low heating value (LHV). Both biogas have no sulfur content as a sulfur compounds removal unit (e.g., based on activated carbon) upstream the reforming system is assumed to prevent reforming catalyst's poisoning. This step, that is prior to the inlet to the system, is not shown in the layouts being neutral to the purpose of this model. The two compositions are reported in Table 1 . Fuel processors and their relative balance of plant (BoP) are modelled in Aspen Plus ® [22] , where mass and energy balances are solved. The methodology adopted is consistent with previous works [23] [24] [25] . The Peng-Robinson cubic equation of state [26] is used for all thermodynamic properties, except for liquid molar volume evaluation where the Rackett model [27] is used, and for steam properties, where NBS/NRC steam tables [28] are adopted. The design parameters and the main assumptions of the reference cases are summarized in Table 2 .
Regarding the fuel processor chain, considering relatively high catalyst load, all the mechanisms in the reactors (SR or ATR, high temperature WGS, low temperature WGS) were assumed to achieve chemical equilibrium determined through Gibbs free energy minimization. The reactions of reforming (R.1), water gas shift (R.2), dry reforming (R.3), and methane oxidation (R. 4 The steam to carbon ratio S/C is defined at the inlet of the reactor as
In the ATR system, the presence of oxygen and the faster kinetics of combustion reaction (R.4) with respect to reforming reactions (R.1, R.2, R.3) leads to the oxidation of some methane at the inlet of the reactor: for this reason, the S/C ratio for the ATR case is lower. The amount of air at the inlet of the ATR is below stoichiometry, and controlled in order to balance the heat required by the endothermic reforming reaction and to maintain the reactor operating temperature.
Regarding the PSA system, a four-column vacuum pressure swing adsorption is modelled in Aspen Adsorption, where all the thermodynamic properties are consistent with the overall system model. The model is described in detail in Section 3.2, where the influence of feed pressure on the product recovery and hydrogen purity is defined for different syngas inlet flows and compositions.
The auxiliary values adopted for the balance of plant result from benchmark technologies, typical O&M specifications, requirements for the materials. The excess of air sent to the burner is set in order to achieve an oxygen volume dry fraction in the exhaust gases equal to 3%. The geometry adopted for the heat transfer corresponds to counter-current configuration, with hot gas flow external to staggered tube bundle and cold streams in tube. Such configuration provides a compact design, while keeping high heat transfer coefficient.
The two different systems are compared in terms of overall efficiency, defined as the ratio of H 2 energy output to biogas and auxiliary energy inputs:
LHV H 2 is equal to 120 MJ/kg; • W aux is the sum of the electric consumptions of the system auxiliaries (i.e., compressors, pumps, control system); • η el,re f is set equal to 45%, as the average electric efficiency of the power generating park. 
System Layouts
The layout for the conventional system based on high temperature steam methane reforming is shown in Figure 1 . The scheme shows the hydrogen production and purification processes as follows: in the first step, a mixture of compressed BG and steam is fed to the SR reactor. The reforming reaction is endothermic, thus favored by high temperatures.
After a first cooling step (HX-4), the syngas exiting the reforming reactor is sent to water gas shift reactors to promote the CO conversion in CO 2 , increasing hydrogen production through the moderately exothermic reaction. Two WGSs at different temperature (350 • C and 200 • C) are considered to maximize the CO conversion in H 2 . The resulting stream consists of a H 2 -rich syngas diluted with inert gases, such as CO 2 , steam, and N 2 . After the water removal, a pure H 2 flow is recovered by a pressure swing adsorption system.
In the first reference case with a steam reforming reactor, the heat required by the endothermic reaction at the SR is supplied by the combustion of the off-gas from the PSA, and an additional amount of biogas (BG brn ). The heat exchange within the SR reactor is implemented as counter-current, with a minimum pinch-point of about 100 • C. The feed water is pumped by P-1 and is evaporated through HX-1, HX-2 by the reformate gas, and through HX-3 by the flue gas, and finally, superheated in HX-4 by the reformate gas at the outlet of the SR. The process water, recovered from the condensation in the separators downstream of the reformate and flue gas cooling, is recycled back into the system. Table 3 summarizes the thermodynamic properties of the main streams involved.
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Processes 2018, 6, x FOR PEER REVIEW 7 of 24 the reactor. Thanks to the partial oxidation, there is no need to supply an additional amount of biogas to the burner: in the ATR configuration, the burner is fed only with the off-gas from the PSA. Table 4 summarizes the thermodynamic properties of the main streams involved. 
Vacuum Pressure Swing Adsorption
The purpose of the work is the design of a separation unit for the production of 100 kg/day of hydrogen with a purity equal to 99.999% from a raw biogas reformer. A literature review shows that the common feed composition of the gas entering the PSA systems mainly comes from reforming of natural gas, which is different from the one here analyzed, due to higher presence of impurities. As discussed below, the inlet syngas composition strongly affects the final value of hydrogen purity, so it was necessary to design a new model of PSA/VPSA. 
The purpose of the work is the design of a separation unit for the production of 100 kg/day of hydrogen with a purity equal to 99.999% from a raw biogas reformer. A literature review shows that the common feed composition of the gas entering the PSA systems mainly comes from reforming of natural gas, which is different from the one here analyzed, due to higher presence of impurities. As discussed below, the inlet syngas composition strongly affects the final value of hydrogen purity, so it was necessary to design a new model of PSA/VPSA.
PSA Model Literature
This section reports modelling and experimental works on PSA, studying the effect of various parameters, such as bed size, bed configurations, pressure equalizations, feed composition, etc. Four-bed PSA, four-bed VPSA, and four-bed TSA are modelled by [20] , considering feed gas produced by the steam reforming of natural gas containing 75% of hydrogen. The purity required is in the range 99.9-99.99%. A comparison is made among the three different purification systems, trying to identify which is the best in terms of purity, recovery, and productivity. The VPSA system was selected as the most economical process to meet the fuel cell purity (99.99%), while the PSA would meet the requirements with a recovery as low as 10-15%, making this system uneconomical. Another work [19] modelled a two-and four-bed PSA, considering as feed gas a syngas produced from coal gasification with low hydrogen concentration (38% H 2 , 50% CO 2 , 1% CH 4 , 1% CO, 10% N 2 ). The work analyzes the different performances of two and four beds, varying each time a single parameter (carbon to zeolites ratio, pressure, temperature, adsorption time). Results showed that the four-bed PSA process was able to produce H 2 with a purity of 96-99.5% and a recovery of 71-85%, together with N 2 as the major impurity. The separation of hydrogen from a five component mixture (73.3% H 2 , 16.6% CO 2 , 3.5% CH 4 , 2.9% CO, 3.7% N 2 ) by pressure swing adsorption was analyzed [29] . A complete mathematical model that describes the dynamic behavior of a PSA unit is presented. This model is applied in the study of the behavior of both single column and four-column PSA processes with layered activated carbon/zeolite beds, and with an eight step cycle. The influence of feed flowrate, purge to feed ratio, and lengths of both adsorbent layers on the system performance is assessed. It is shown that the introduction of the zeolite layer improves both the purity and recovery of the process. A reduced model and a complete model were also compared. It was shown that the reduced model in which only micro-pore resistance was taken into account, and in which it was assumed thermal equilibrium between gas and solid phase, predicted with high accuracy the performances of the PSA. Moreover, [21] studied a four-bed configuration with activated carbon and zeolites. The feed composition is a syngas with no N 2 (H 2 72.2%, CH 4 4.17%, CO 2.03%, CO 2 21.6%). The effect of linear velocity, adsorption time, purge quantity was investigated. The results showed an ultrapure hydrogen (99.999%) with a recovery of 66%. In [30] , a multicomponent breakthrough experiment to validate the mathematical model with a mixture of five components (H 2 -CO 2 -CO-CH 4 -N 2 ) was performed. A ten-step VPSA experiment was performed with a feed composition of 79% H 2 , 17% CO 2 , 2.1% CH 4 , 1.2% CO, and 0.7% N 2 . It was demonstrated that the VPSA could reach high purity hydrogen (>99.99%), with recoveries as high as 75% at 5 bar, and a productivity of 160 mol H2 /kg ads /day. The effect of pressure equalization was also investigated, which increases the recovery by 15% from one pressure equalization to three pressure equalizations. It was also demonstrated that higher feed pressure increases the productivity of the system, maintaining the same purity.
PSA and VPSA Model
The software Aspen Adsorption has been used to model and simulate the performance of the systems. The flowsheet reported in Figure 3 shows the components used in the simulation. The various references have been used to make a preliminary design of the PSA/VPSA, and to have sensitivity on the values and on the order of magnitude of the different parameters. The aim of this section was, hence, to design a system able to process 100 kg/day, delivering ultrapure hydrogen (99.999%). The simplest model of PSA (two-bed system) was firstly designed, and then, having a better understanding of the process and software used, it was possible to design four-bed PSA and then, finally, four-bed VPSA. In a H 2 PSA unit, a complex configuration involving a higher number of beds is fundamental to increase the recovery at the same purity. The multiple-bed solution is modelled with the "unibed" approach [31] in Aspen Adsorption by means of the "interaction column", which simulates any number of columns by storing the inlet stream properties (such as flowrate, composition, pressure,) and playing them back later according to the step sequence. The sequence of steps is designed so that the whole PSA system provides constant feed, product, and off-gas flows, even though the system is made of multiple beds and not a continuous unit operation. The number of columns used for the simulation has been chosen according to references in which PSA systems have been designed to work in conditions similar in flowrate and composition to the one modelled in this work [19] [20] [21] . Moreover, commercially available system for hydrogen production with the same size considers a four-column VPSA system [32] . The process is generally referred to as Polybed [33] , and it can be applied to a large variety of PSA systems with any number of columns. The main features of the Polybed sequence are (i) stopping the adsorption step when a substantial part of the bed capacity remains unused near the product end for increasing the purity, and (ii) use of co-current depressurizations to greatly increase the recovery and performance of the system. The step sequence is taken from [20] .
The adsorbent layer materials are activated carbon and zeolite 5a, that have been proven, in literature, to have the best performance at investigated pressures and composition [19] . The activated carbon mainly adsorbs CO2, CH4, and CO, and are placed at bottom of the column (feed inlet), while the zeolite layer adsorbs N2 and CO, and it is placed at the top of the activated carbon. The relative length of the two layers is expressed by the "carbon-to-zeolite ratio", and it is a key parameter inside the PSA system. The geometry of the reactor, reported in Table 5 , has been set according to references showing configurations similar in size to the one designed in this work and to information about existing systems. The diameter of the column was set to 0.38 m, which made the gas velocity inside the reactor around 3 cm/s. The height of the PSA columns was set to 2 and 2.8 m for the two beds, while the fourbed configuration has a height of 2.8 meters, with a carbon-to-zeolite ratio equal to 50:50. The sequence of steps is designed so that the whole PSA system provides constant feed, product, and off-gas flows, even though the system is made of multiple beds and not a continuous unit operation. The number of columns used for the simulation has been chosen according to references in which PSA systems have been designed to work in conditions similar in flowrate and composition to the one modelled in this work [19] [20] [21] . Moreover, commercially available system for hydrogen production with the same size considers a four-column VPSA system [32] . The process is generally referred to as Polybed [33] , and it can be applied to a large variety of PSA systems with any number of columns. The main features of the Polybed sequence are (i) stopping the adsorption step when a substantial part of the bed capacity remains unused near the product end for increasing the purity, and (ii) use of co-current depressurizations to greatly increase the recovery and performance of the system. The step sequence is taken from [20] .
The adsorbent layer materials are activated carbon and zeolite 5a, that have been proven, in literature, to have the best performance at investigated pressures and composition [19] . The activated carbon mainly adsorbs CO 2 , CH 4 , and CO, and are placed at bottom of the column (feed inlet), while the zeolite layer adsorbs N 2 and CO, and it is placed at the top of the activated carbon. The relative length of the two layers is expressed by the "carbon-to-zeolite ratio", and it is a key parameter inside the PSA system. The geometry of the reactor, reported in Table 5 , has been set according to references showing configurations similar in size to the one designed in this work and to information about existing systems. The diameter of the column was set to 0.38 m, which made the gas velocity inside the reactor around 3 cm/s. The height of the PSA columns was set to 2 and 2.8 m for the two beds, while the four-bed configuration has a height of 2.8 meters, with a carbon-to-zeolite ratio equal to 50:50. The parameters considered for the evaluation of the PSA/VPSA performances are
Pressure swing adsorption system is very complex, due to its cyclic nature, with multiple steps and interactions between beds undergoing different operations. For the maximization of the recovery with the purity constraint (99.999%), the following parameters have been manipulated during the simulations:
gas velocity in the column • activated carbon-to-zeolites ratio A typical cyclic sequence for the four-bed PSA or VPSA, reported in Figure 4 , consists of 10 steps:
(1) Adsorption (ADS): adsorption takes place in one column. Part of the H 2 -rich product stream is used to purge the other columns. (2) Adsorption and providing purge (ADS&PPG): part of the produced hydrogen is used to regenerate the bed undergoing the purge step. The produced hydrogen is used to pressurize another column undergoing step (EP2). (5) Second depressurization (ED2): pressure is further reduced by using the produced hydrogen to re-pressurize the column undergoing step (EP1). (6) Blow down (BD): the column is counter-currently depressurized to the minimum pressure (atmospheric for PSA or sub-atmospheric for VPSA). The effluent gas is wasted. For each simulation, the time step has been optimized to meet the hydrogen purity requirement. The two-bed PSA sequence follows the same general concept, with the main difference of having only one pressure equalization (hence lower number of steps) and different steps timing. The ideal Langmuir isotherm model can be extended to multicomponent systems by incorporating the effect of the other species on the adsorption process and on the adsorbent material. An extended Langmuir model is adopted, and the loading (defined as the number of moles of the ith component adsorbed over the mass of adsorbent), is expressed as follows:
where pi is the partial pressure of the i-th component. The adsorption equilibrium parameters, for activated carbon and zeolites 5a as a function of operating pressure at 35 °C, were taken from [19] .
The pressure swing adsorption system have to be designed and optimized with different compositions of feed gases, which are a function of biogas feed and plant layout (SR or ATR). Stream results are reported in Table 6 . The composition differs between the steam reforming and the autothermal reforming, due to the oxidation of part of the methane with air in the autothermal reforming reactor. The difference in composition for the ATR case between landfill and anaerobic digestion biogas is almost negligible: for the same system pressure, hydrogen molar fraction for the former is around 2% lower than the second one, while CO2 and N2 differ by around 1%. On the other hand, differences in composition in the SR case are more evident. For the AD biogas, hydrogen molar The ideal Langmuir isotherm model can be extended to multicomponent systems by incorporating the effect of the other species on the adsorption process and on the adsorbent material. An extended Langmuir model is adopted, and the loading (defined as the number of moles of the i-th component adsorbed over the mass of adsorbent), is expressed as follows:
where p i is the partial pressure of the i-th component.
The adsorption equilibrium parameters, for activated carbon and zeolites 5a as a function of operating pressure at 35 • C, were taken from [19] .
The pressure swing adsorption system have to be designed and optimized with different compositions of feed gases, which are a function of biogas feed and plant layout (SR or ATR). Stream results are reported in Table 6 . The composition differs between the steam reforming and the autothermal reforming, due to the oxidation of part of the methane with air in the autothermal reforming reactor. The difference in composition for the ATR case between landfill and anaerobic digestion biogas is almost negligible: for the same system pressure, hydrogen molar fraction for the former is around 2% lower than the second one, while CO 2 and N 2 differ by around 1%. On the other hand, differences in composition in the SR case are more evident. For the AD biogas, hydrogen molar fraction is 6% higher, carbon dioxide is present in slightly lower amount, while nitrogen is almost negligible: recovery is expected to be higher, thanks to lower impurities in the gas, especially nitrogen, which is the main cause of purity reduction.
The effect of pressure on methane conversion into hydrogen shows two opposite trends for SR and ATR. For the SR layout, the molar fraction of hydrogen decreases with increasing pressure, while methane content increases: steam reforming reaction increases the number of moles, hence the equilibrium shifts towards the reactants when the pressure is increased. On the contrary, hydrogen content in the ATR layout increases at increasing system pressure. 3.3. Two-Bed and Four-Bed PSA Results
As discussed above, small-scale PSA systems are characterized by poor performance, due to the limited number of beds. The critical step for both the two-and four-bed PSA configuration is the purge one, as a large amount of the produced hydrogen is recirculated for the impurity-saturated column regeneration, hence drastically reducing the system recovery. This effect is partially overcome in the VPSA by using vacuum, which makes impurity desorption more effective, requiring also less hydrogen. Table 7 reports the two-bed PSA had the best combination of purity and recovery for three operative pressures. The single pressure equalization step significantly affects recovery, due to two detrimental effects: (i) the increased amount of feed required for pressurizing the column, and (ii) the reduced amount of hydrogen recirculated during the equalization steps, that increases the one wasted during the blow down. The purity constraint is not met, and the recovery is drastically reduced for higher purities, due to the inverse proportionality between the two parameters. Figure 5 shows the four-bed PSA recovery, with a hydrogen purity of 4.0. The highest recovery value is equal to 38.7%, and it is reached with anaerobic digestion gas. The four-bed PSA is able to reach a higher purity with respect to the two-bed configuration without affecting so much the recovery. However, the BIONICO purity requirement is not met. The low values of recovery make the two-and four-bed systems uneconomical at such small scales. Figure 6 shows the recoveries of the VPSA system for the four different compositions analyzed. The reported pressures take into account also the pressure drops in the plant upstream in the VPSA. The three curves represent three different vacuum levels during the purge step: 0.1, 0.2, and 0.5 bar. The recoveries curve for all the cases reported here are calculated at a purity level equal to 99.999% (5.0), according to the requirements of the BIONICO.
VPSA Results
The resulting recovery-pressure curves are then implemented in the overall system model. As it is possible to notice, the highest recovery is always obtained for the lowest vacuum pressure (0.1 bar). The gas composition is the parameter that mostly affects the performance of the system. In particular, the higher the hydrogen content in the feed stream, the higher the recovery, since lower impurities have to be purged when regenerating the column. The two recoveries for the syngas produced by the autothermal plant layout are almost identical, since the composition of the feed gas is very similar as previously described: their recoveries, however, are significantly lower with respect to the SR cases, as the high amount of nitrogen and carbon dioxide requires a large quantity of hydrogen for purging the impurity-filled column. For all the cases, nitrogen represents the main impurity in the product stream, while the amount of carbon dioxide, carbon monoxide, and methane is almost negligible. Figure 6 shows the recoveries of the VPSA system for the four different compositions analyzed. The reported pressures take into account also the pressure drops in the plant upstream in the VPSA. The three curves represent three different vacuum levels during the purge step: 0.1, 0.2, and 0.5 bar. The recoveries curve for all the cases reported here are calculated at a purity level equal to 99.999% (5.0), according to the requirements of the BIONICO.
The resulting recovery-pressure curves are then implemented in the overall system model. As it is possible to notice, the highest recovery is always obtained for the lowest vacuum pressure (0.1 bar). The gas composition is the parameter that mostly affects the performance of the system. In particular, the higher the hydrogen content in the feed stream, the higher the recovery, since lower impurities have to be purged when regenerating the column. The two recoveries for the syngas produced by the autothermal plant layout are almost identical, since the composition of the feed gas is very similar as previously described: their recoveries, however, are significantly lower with respect to the SR cases, as the high amount of nitrogen and carbon dioxide requires a large quantity of hydrogen for purging the impurity-filled column. For all the cases, nitrogen represents the main impurity in the product stream, while the amount of carbon dioxide, carbon monoxide, and methane is almost negligible. 
System Performance
Thermodynamic results of the two cases fed with LF and AD biogases are represented in Figure 7 , taking into account both different operating pressure of VPSA and reactors.
Thermodynamic results of the two cases fed with LF and AD biogases are represented in Figure  7 , taking into account both different operating pressure of VPSA and reactors. The system efficiency is always maximum when VPSA operating pressure is equal to 0.1 bar, that corresponds to the best performance of the VPSA system. It also corresponds to the highest electric consumption of the vacuum pump, but the gain in system efficiency thanks to the higher recovery of the VPSA is greater with respect to the effect of a lower energy consumption for the cases of 0.2 bar and 0.5 bar. Regarding SR, for example, the reduction of efficiency caused by the vacuum pressure higher than 0.1 bar is around 1.5% and 3.5%, for 0.2 bar and 0.5 bar, respectively.
The SR layout shows that, using landfill gas, the optimal working pressure, from an efficiency point of view, is 14 bar, while for the system that consumes anaerobic digester gas, the optimal working pressure is 12 bar. The highest efficiency reached by the plant that uses anaerobic digester gas is 51.7%, which is significantly higher with respect to the value of 46.2% of the case using landfill gas, due to the higher methane content. The highest efficiency value is mainly due to the minimum value of the biogas energy input, which is the result of two counteracting effects in the reformer and in the VPSA. At low pressures, in fact, the methane conversion in the reformer is higher: this can be seen looking at the composition of the reformed gas at the inlet of the VPSA, where for the LF gas case, for example, molar fraction of CH4 increases from 0.3 to 2.1, while the one of H2 reduces from The system efficiency is always maximum when VPSA operating pressure is equal to 0.1 bar, that corresponds to the best performance of the VPSA system. It also corresponds to the highest electric consumption of the vacuum pump, but the gain in system efficiency thanks to the higher recovery of the VPSA is greater with respect to the effect of a lower energy consumption for the cases of 0.2 bar and 0.5 bar. Regarding SR, for example, the reduction of efficiency caused by the vacuum pressure higher than 0.1 bar is around 1.5% and 3.5%, for 0.2 bar and 0.5 bar, respectively.
The SR layout shows that, using landfill gas, the optimal working pressure, from an efficiency point of view, is 14 bar, while for the system that consumes anaerobic digester gas, the optimal working pressure is 12 bar. The highest efficiency reached by the plant that uses anaerobic digester gas is 51.7%, which is significantly higher with respect to the value of 46.2% of the case using landfill gas, due to the higher methane content. The highest efficiency value is mainly due to the minimum value of the biogas energy input, which is the result of two counteracting effects in the reformer and in the VPSA. At low pressures, in fact, the methane conversion in the reformer is higher: this can be seen looking at the composition of the reformed gas at the inlet of the VPSA, where for the LF gas case, for example, molar fraction of CH 4 increases from 0.3 to 2.1, while the one of H 2 reduces from 63.8% to 61.3%.
On the other hand, the VPSA recovery increases at increasing pressures, due to the reduced adsorbing capacity of the beds when the pressure is low.
The main contribution to the total consumption is due to the vacuum pump, with a compression ratio equal to 10. The decreasing trend at increasing system pressure is due to lower mass flowrate processed by the pump: the higher VPSA recovery, in fact, implies a lower amount of biogas (and fluids circulating in the system), to produce the required daily amount of hydrogen, hence a lower consumption. The biogas compressor consumption increase is mainly due to the higher compressor ratio, and only in small part to the variation of biogas composition.
Performance of the ATR configuration is significantly worse with respect to the SR, mainly due to the VPSA recoveries: the average decrease in system efficiency is around 30%. The system using AD biogas has a higher efficiency at the same vacuum pressure with respect to the one using landfill gas. The VPSA system, however, does not significantly affect the overall efficiency, because the recoveries for the two biogases are quite similar: this is due to the fact that the composition of the reformate stream entering the VPSA is very similar for both LF and AD biogases. Hence, the differences in the overall ATR plant efficiency for the two biogases are mainly attributed to the composition of the feed biogas and auxiliary consumption, which differ between the two cases. The main parameter affecting the efficiency is the amount of biogas required: the plant using landfill biogas requires a higher amount of input energy, because a larger quantity of biogas needs to be fed, in order to meet the total of hydrogen production requirement. The causes for the higher input energy can be found in the composition and the heating value of the biogas. The amount of biogas required, in fact, is strictly dependent on its quality, meaning that the higher the quantity of impurities, the less effective the conversion into hydrogen will be. Moreover, the lower LHV of the landfill gas leads to a higher quantity of biogas that undergoes oxidation in the autothermal reforming reactor, hence having an additional detrimental effect on efficiency. Vacuum pump has the highest electric consumption among all the auxiliaries, being around 70% of the total power required. Compared to the steam reforming layout, its consumption is more than 20 kW higher, as the pump has to develop a higher off-gas flowrate, due to both a lower VPSA recovery and the additional air fed. The vacuum pump consumption decreases at increasing operating pressure, thanks to a higher VPSA recovery, while the air and biogas compressor show the opposite trend, as the compression ratio increases.
Main results of the best cases in terms of system efficiency are reported in Table 8 . System efficiency at 350 bar and 700 bar are also reported in Table 8 . 
Sensitivity Analyses
A sensitivity analysis has been performed on the most important operating parameters of the steam reforming plant, in order to check their influence on the overall system efficiency and final hydrogen cost, validating the assumptions made for the plants modeling. The impact of the reforming temperature, the S/C ratio, and the WGS conversion, together with the reactor and VPSA pressure, was analyzed for the SR plant with anaerobic digester biogas. Figure 8 reports the effect of each parameter on the system efficiency, from the most to the least important. The maximum reforming temperature for this analysis has been set to 900 • C as typical upper limit for steam reforming [34] . An increase of the operating temperature of the SR reactor enhances system efficiency, thanks to the higher methane conversion. On the opposite side, a lower methane conversion, thus a higher amount of biogas, at operating temperature below 800 • C strongly decreases the system efficiency. A S/C ratio value equal to 3 has a detrimental effect on the conversion of methane in the reformer, along with the higher probability of coke formation; on the other hand, an increase of S/C ratio causes an increase of the global efficiency, due to the reduction of the methane slip from the SR reactor. Although higher S/C ratio and temperature enhance the system performance, the impact on the final hydrogen production cost should be taken into account. The methodology and all the assumptions adopted for the economic analysis are discussed in Section 5. If a higher SR reactor operating temperature is assumed, the use of a temperature-resistant alloy for the reactor, such as Incoloy 800 (iron-nickel-chromium alloy), that is more expensive than the previously assumed Hastelloy, is required.
Results of economic analysis in Table 9 reveals that all the analyzed cases have a higher hydrogen production cost with respect to the reference configuration with S/C 4 and 800 • C. The assumptions made in Section 2 are thus the ones that minimize the hydrogen cost. 
A sensitivity analysis has been performed on the most important operating parameters of the steam reforming plant, in order to check their influence on the overall system efficiency and final hydrogen cost, validating the assumptions made for the plants modeling. The impact of the reforming temperature, the S/C ratio, and the WGS conversion, together with the reactor and VPSA pressure, was analyzed for the SR plant with anaerobic digester biogas. Figure 8 reports the effect of each parameter on the system efficiency, from the most to the least important. The maximum reforming temperature for this analysis has been set to 900 °C as typical upper limit for steam reforming [34] . An increase of the operating temperature of the SR reactor enhances system efficiency, thanks to the higher methane conversion. On the opposite side, a lower methane conversion, thus a higher amount of biogas, at operating temperature below 800 °C strongly decreases the system efficiency. A S/C ratio value equal to 3 has a detrimental effect on the conversion of methane in the reformer, along with the higher probability of coke formation; on the other hand, an increase of S/C ratio causes an increase of the global efficiency, due to the reduction of the methane slip from the SR reactor. Although higher S/C ratio and temperature enhance the system performance, the impact on the final hydrogen production cost should be taken into account. The methodology and all the assumptions adopted for the economic analysis are discussed in Section 5. If a higher SR reactor operating temperature is assumed, the use of a temperature-resistant alloy for the reactor, such as Incoloy 800 (iron-nickel-chromium alloy), that is more expensive than the previously assumed Hastelloy, is required.
Results of economic analysis in Table 9 reveals that all the analyzed cases have a higher hydrogen production cost with respect to the reference configuration with S/C 4 and 800 °C. The assumptions made in Section 2 are thus the ones that minimize the hydrogen cost. The higher material cost adopted at 900 °C (26.3 k€ vs 78 k€) overturns the thermodynamic advantages related to the higher reaction yield. On the other hand, the decrease in the reforming temperature increases the variable costs (amount of biogas feed, auxiliary consumptions). Also, the S/C ratio variation from the reference case equal to 4 does not produce a beneficial effect. Table 9 . Influence of sensitivity analysis on the hydrogen production cost. The higher material cost adopted at 900 • C (26.3 k€ vs 78 k€) overturns the thermodynamic advantages related to the higher reaction yield. On the other hand, the decrease in the reforming temperature increases the variable costs (amount of biogas feed, auxiliary consumptions). Also, the S/C ratio variation from the reference case equal to 4 does not produce a beneficial effect.
Results
Units
Economic Analysis
Methodology
Starting from the thermodynamic results, an economic model is developed to evaluate the final hydrogen production cost (€/kg), where consumables, auxiliaries, and fixed costs are added to the total plant cost (TPC), as expressed in Equation (7):
where the operating hours of the plant have been taken equal to 7500, while the capital charge factor (CCF) have been taken equal to 0.16 [35] . The methodology used is similar to the one adopted in [9, 35, 36] on similar plants. The total plant cost is calculated with the bottom-up approach, breaking down the power plant into the basic components or equipment, and then adding installation costs (TIC), indirect costs (IC), and owner's and contingencies costs (C&OC) [37] , as defined in Equation (8) .
where C i,2017 is the equipment cost, and % TIC = 0.8, % IC = 0.14, % C&OC = 0.15. The component costs, obtained from several literature sources, quotes, and reports, are then scaled and actualized as defined in Equation (9) , where the year cost C i,y has been then derived from the cost C i,0 of a reference component of size S i,0 with the actual size S and the scale factor f. Moreover, in order to actualize the cost of the component, the CEPCI index is applied (where the CEPCI index of 2017 is equal to 562.1). The equipment costs and their relative CEPCI index are summarized in Table 10 .
Reactor volume and weight has been determined with the standard gas hourly space velocity (GHSV) approach, using internal pressurized vessel in Haynes 550 for high temperature reactors (SR and ATR) and T316 stainless steel for low temperature reactors (WGGs). The heat exchangers price corresponds to the type modelled in Aspen Plus: counter-current configuration with hot gas flow externally to staggered stainless steel tubes bundle. The exchange areas have been calculated, starting from the temperatures and exchanged powers obtained from the simulations, using typical heat transfer coefficients for gas-gas, gas-liquid (see Table 2 ).
Concerning the O&M fixed and variable, costs of the consumables, auxiliaries, maintenance, insurance, and personnel are reported in Table 11 . The cost of landfill gas is smaller than anaerobic digester, since the plant investment cost necessary to produce it is lower. Labor cost accounts for two operators with a construction time of one year. The volume of catalyst of each reactor has been calculated from GHSV values. 
Results
Values of the most interesting cases in terms of final hydrogen production cost are reported in Table 12 . Figure 9 summarizes the equipment cost of the two best cases with AD biogas, while Figure 10 summarizes the main contributes of O&M variable costs. Analyzing the total equipment costs, VPSA unit, reactors, and heat exchangers, together with the additional H 2 compressors (up to 700 bar), constitute the majority of total equipment cost (TEC, both using landfill gas and anaerobic digester gas for SR and ATR configurations. The additional H 2 compressor, for refueling station application, has the same cost, since the hydrogen delivery pressure for all the cases is fixed at 20 bar. The VPSA unit, including the vacuum pump, is the most expensive component of the plant, due to its complexity, and has a higher impact on the ATR layout, where the flowrate of process gas is higher. On the other hand, heat exchanger costs are smaller for the ATR case, where the thermal integration allows reduction of the required surface area, while reactor costs are quite similar. The conventional SR is the solution that implies the lower amount of variable cost, due to the low electric energy required not only by the auxiliaries, but also by the biogas, due to the low hydrogen recovery for the ATR cases. When dealing with ATR, the costs of electric energy are higher, due to the air and biogas compressor. For all the cases, the electric energy consumption takes into The conventional SR is the solution that implies the lower amount of variable cost, due to the low electric energy required not only by the auxiliaries, but also by the biogas, due to the low hydrogen recovery for the ATR cases. When dealing with ATR, the costs of electric energy are higher, due to the air and biogas compressor. For all the cases, the electric energy consumption takes into account the compression up to 700 bar. Even if the biogas feed decreases using AD biogas, the lower cost of biogas production from landfill is reflected on a higher variable cost for AD layouts. The deionization resin and the process water constitute only a minor contribution of the total variable costs. The levelized costs of hydrogen, according to Equation (7) , are reported in Table 13 . The final cost of hydrogen is higher for ATR configuration with respect to SR at any value of reforming pressure, due to its lower efficiency, reflected also on the total plant cost and on the fixed and variable O&M costs. The impact of the H 2 compression on the final cost of hydrogen is not negligible. If hydrogen were used for other applications that require lower pressure, probably its price would be in competition with the production cost of large scale plants. Finally, the higher methane content of the AD biogas makes this solution more convenient than the LF case.
Conclusions
This paper discussed a detailed techno-economic assessment of conventional technologies for the production of 100 kg/day of hydrogen with a purity of 5.0 using raw biogas as feedstock. The considered systems include a reforming reactor (either ATR or SR), two water gas shift reactors, and a pressure swing adsorption unit for hydrogen purification. Two different biogas compositions, featuring typical landfill and anaerobic digestion cases were considered, to assess their impact on overall system design, performance, and costs. The only system able to reach the targeted value of purity is the vacuum PSA (VPSA), due to the very low flowrate of process gas and the very small plant size. However, the recovery that the VPSA system allows is lower with respect to the typical values of large PSA units (about 80-90%) that use 10-12 beds. For the considered systems, the maximum efficiency of 52% is obtained with the SR system operating at 12 bar fed with AD biogas. A sensitivity analysis has also been performed, in order to demonstrate that the assumptions made for the modelization of the conventional plants were correct. In fact, it has been decided to change some operating parameters, such as the reforming temperature, the S/C ratio, or the WGS conversion, but the final hydrogen production cost was, in all the cases, higher.
From an economic perspective, it has been determined the hydrogen production cost, which was equal to 5 €/kg of the best case with the traditional reforming system. Future work will focus on the comparison of the considered reforming systems with an innovative catalytic membrane reformer developed within the BIONICO project. 
